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Abstract

To improve the design of modern industrial reboilers, accurate knowledge of boiling heat transfer coefficients is essential. In this study
flow boiling heat transfer coefficients for binary and ternary mixtures of acetone, isopropanol and water were measured over a wide range
of heat flux, subcooling, flow velocity and composition. The measurements cover the regimes of convective heat transfer, transitional
boiling and fully developed subcooled flow boiling. Two models are presented for the prediction of flow boiling heat transfer coefficients.
The first model is the combination of the Chen model with the Gorenflo correlation and the Schliinder model for single and multicom-
ponent boiling, respectively. This model predicts flow boiling heat transfer coefficients with acceptable accuracy, but fails to predict the
nucleate boiling fraction NBF reasonably well. The second model is based on the asymptotic addition of forced convective and nucleate
boiling heat transfer coefficients. The benefit of this model is a further improvement in the accuracy of flow boiling heat transfer coef-

ficient over the Chen type model, simplicity and the more realistic prediction of the nucleate boiling fraction NBF.

© 2007 Elsevier Ltd. All rights reserved.

1. Introduction

Boiling heat transfer to pure liquids and liquid mixtures
occurs most commonly in evaporators throughout the pro-
cess industry for chemical, petrochemical and hydrometal-
lurgical operations. Their duty is to evaporate the process
liquid at the bottom of distillation and absorption columns
to supply the energy required for the separation. The pro-
cess fluid enters the evaporator at a temperature which is
lower than its saturation temperature. When the heat flux
from the heating surface to the process fluid is increased
above a certain value, the convective heat transfer is not
enough to prevent the wall temperature from rising above
the saturation temperature of the flowing liquid. The ele-
vated wall temperature superheats the liquid in contact
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with the wall and activates nucleation sites, thus generating
vapor bubbles at the heat transfer surface. These bubbles
condense in the colder liquid away from the heat transfer
resulting thus in no net vapor production. At high heat
fluxes the onset of subcooled boiling is already encountered
at high degree of subcooling and the vapor bubbles may
grow and collapse while still attached to or even sliding
along the heat transfer surface. At first, nucleation occurs
only in patches along the heated surface while forced con-
vection persists in between. As the heat flux is increased
more nucleation sites are activated until at fully developed
nucleate boiling the complete surface is covered by bubbles.
According to Wenzel [1], subcooled boiling can occur over
a considerable length of the evaporator and may represent
up to 50% of the total heat duty.

During flow boiling heat is transferred from the heated
surface to the liquid by several mechanisms [2]:

1. Heat transport by the latent heat of evaporation. This
mechanism is important at high pressures but negligible
at normal pressure [3].
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Nomenclature

a; binary constant

Bo boiling number

dy hydraulic diameter (m)
fi fanning friction number
F enhancement factor

F, parameter

Gr Grashof number

h enthalpy (J/kg)

Ah, heat of evaporation (J/kg)
I heated length (m)

L heater length (m)
AL defined by Eq. (14)
m mass flux (kg/m?s)
NBF  nucleate boiling fraction
Nu Nusselt number
Pe Peclet number
Ph phase change number
P, reduced pressure
Pr Prandtl number
q heat flux (W/m?)
qo reference heat flux (W/m?)
radius (m)
* radius ratio for annulus
Re Reynolds number
R, surface roughness (pm)
s distance between thermocouple location and

heat transfer surface (m)
S suppression factor
T temperature (K)
X mole fraction
X vapor mass fraction

Xu Martinelli parameter
14 molar volume (cm®/mol)
y vapor phase mole fraction

Greek symbols

Wilson constant

heat transfer coefficient (W/m? K)

reference heat transfer coeflicient (W/m2 K)
mass transfer coefficient (m/s)

activity coefficient

thermal conductivity (W/m K)

viscosity (kg/ms)

density (kg/m?)

the ratio of Prandtl numbers at bulk and wall
temperatures

ST E M ™R R A

Subscripts—superscripts

b bulk

fp flow boiling
fc forced convective
i inner

id ideal

1 liquid

lam laminar

0 outer

pb pool boiling
ph interface

sat saturation

th thermocouple
tp two phase
turb turbulent

\ vapor

w wall

00 fully developed

2. Heat transport by continuous evaporation at the root
and condensation at the top of the bubbles, while the
bubbles are still attached to the heat transfer surface.
This mechanism is also very important for fouling of
the heat transfer surface when the process fluid is con-
taminated [4].

3. Unsteady state heat transfer caused by bubble agitation
of the thermal boundary layer adjacent to the heat trans-
fer surface.

4. Heat transfer by single phase convection between the
bubble growth zones.

Over the last decades, extensive experimental and theo-
retical research efforts have been devoted to the under-
standing of the fundamental aspects of nucleate and
saturated flow boiling of pure liquids and of liquid mix-
tures. The results of these investigations have been docu-
mented and critically discussed in several review papers,

e.g. Steiner and Taborek [5], Thome [6], Kandlikar [7], Ste-
phan [8], and Cheng and Mewes [9]. Steiner and Taborek
[5] summarized the various available correlations for the
prediction of saturated flow boiling. They concluded that
most of the correlations may reproduce the data in the mid-
dle ranges of operating parameters, but will fail as extreme
conditions are approached. Thome [6] reviewed the
research on pool boiling and flow boiling of refrigerants
and addressed several key points on flow boiling of mix-
tures. Kandlikar [7] performed a historical review on mod-
eling flow boiling of binary mixtures and presented a
summary of several important available correlations for
binary mixtures. Stephan [8], in his review paper, analyzed
the mechanisms of heat transfer for flow boiling of
mixtures, and explained the reasons for the reduction of
heat transfer coefficient of mixtures in comparison to pure
liquids with the same physical properties as the mixtures.
Most recently, Cheng and Mewes [9] presented a
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state-of-the-art review on this important area and identified
what has been done so far and what still needs to be done
in the future. The general conclusions of these review
papers are that the available fundamental information on
flow boiling is rather scarce and that thorough understand-
ing of the flow boiling mechanisms is required to improve
operation and design of modern industrial reboilers.

Even though substantial efforts have been devoted so far
to clarify the boiling phenomena and to correlate the exper-
imental data for heat transfer during boiling of pure liquids
and liquid mixtures, the results have not been satisfactory
because of the complexity and the poor reproducibility of
the underlying phenomena. This may be due to the fact
that, in addition to the thermo-physical properties of the
fluid, many parameters such as surface condition, mass
transfer effect, presence of impurities and deposition of for-
eign materials on the heat transfer surface are inherent fac-
tors that influence bubble generation. Even though the
general shape of the characteristic boiling curve is known
for various combinations of liquid and surface conditions,
there is still considerable disagreement about the exact
shape and location of the curves. The principal aim of
the present investigation is, therefore, to measure sub-
cooled flow boiling heat transfer of single and multicompo-
nent mixtures over a wide range of fluid velocities, heat
fluxes, compositions and subcooled temperatures. New
experimental results are presented for fluid velocities higher
than 0.5 m/s, a region where no data have been available in
the literature. Two predictive models are presented; the first
model is a linear addition of the forced convective and boil-
ing heat transfer coefficients according to Chen [10], while

the second model is based on the asymptotic addition of
the two coefficients. Both models cover prediction of heat
transfer coefficients from the convective regime up to the
fully developed boiling regime for single component fluids
and multicomponent mixtures under saturated and sub-
cooled flow boiling conditions.

2. Experimental equipment and procedure
2.1. Experimental equipment

Fig. 1 shows the test apparatus used for the present
investigations. The liquid flows in a closed loop consisting
of temperature controlled storage tank, pump and test sec-
tion. The flow velocity of the fluid was measured with cal-
ibrated orifice plates. The fluid temperature was measured
by thermocouples located in two mixing chambers, before
and after the test section. The complete rig was made from
stainless steel. Thermocouple voltages, the voltage signal
from the flow meter, current and voltage drop from the test
heater were all measured and processed with a data acqui-
sition system in conjunction with temperature controller
and variac. The test section shown in Fig. 2 consists of
an electrically heated cylindrical rod with a stainless steel
surface, which is mounted concentrically within the sur-
rounding pipe. The dimensions of the test section are:
diameter of heating rod, 10.67 mm; annular gap,
14.73 mm; length of heating rod, 400 mm; length of heated
section, 99.1 mm. Heat fluxes and wall temperatures can be
as high as 450,000 W/m” and 270 °C, respectively. This
heater has been manufactured by Ashland Chemical
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Fig. 1. Schematic drawing of the experimental apparatus.
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Fig. 2. Schematic drawing of the test heater.

Company according to an HTRI design. The local wall
temperatures have been measured with four stainless steel
sheathed miniature thermocouples which have been
installed close to the heat transfer surface. The temperature
drop between the thermocouple location and the heat
transfer surface can be calculated from:

.S
Tw:Tth—qT (1)

The ratio between the distance of the thermocouples from
the surface and the thermal conductivity of the tube mate-
rial (s//y) was determined for each thermocouple by cali-
bration measurements using a Wilson plot technique [11].
A typical value of s/l was 0.14 m> K/kW. The average
temperature difference for each test section was the arith-
metic average for the four thermocouple locations around
the tube/rod circumference. The average of 10 subsequent
voltage readings was used to determine the difference be-
tween the wall and bulk temperature for each thermocou-
ple. The local heat transfer coefficient o is then calculated
from:

q

TTL T, 2
The accuracy of the calibration was checked by comparing
the experiments with the predictions of the Gnielinski [12]
equation for heat transfer during turbulent flow in pipes
and annuli. Agreement was better than +5%. All measure-
ments were performed with decreasing heat flux to eliminate
hysteresis effects due to inactivated bubble nucleation sites
(Miiller-Steinhagen et al. [13]).

Acetone, isopropanol, distilled water, as well as binary
and ternary mixtures of these components are used as test
liquids because the physical properties of these components
are well known. This guarantees that the calculation error
during correlating and modeling of the experimental data
are minimized. The vapor-liquid equilibrium required for
the calculation of pool boiling heat transfer coefficients of

mixtures can be estimated using the Antoine equation for
the vapor pressure and the Wilson equation for the activity
coefficient, according to Egs. (3)—(5):

7P isat
Yiph = =5 Yiph (3)
where
X

. =exp [1—In XAy | — 4
y p[ <Z/ ]) ;xk/lkj‘| ()
and

_ v a;j
T eXp( RT) (3)

Heat transfer coefficients have been recorded only after
steady state was reached for the chosen system parameters.
The fluid composition was measured before and after each
run with a gas chromatograph or by density meter. Some
runs were repeated later to check the reproducibility of
the experiments, which proved to be excellent. The range
of the experimental parameters is given in Table 1.

2.2. Error analysis

The experimental error for the measured heat transfer
coefficients may be due to errors in the measurement of
heat flux, bulk and heat transfer surface temperature. As
all test heaters were sanded with grade 240 emery paper,
it was postulated that in all experiments the heat transfer

Table 1
Range of operating parameters

0.3<v<3m/s

15 < ¢ < 400 kW/m>
0-1 mole fraction
80 < T, <98°C
100< T, < 170 °C

Flow velocity

Heat flux
Concentration

Bulk temperature
Surface temperature
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surfaces were comparable with respect to surface rough-
ness. By repeating several tests the same results were
obtained, which confirms the above assumption. The error
of the adjusted heat flux is due to errors in the measure-
ments of electrical current and voltage. The power deliv-
ered by the heater box showed small fluctuations which
create a maximum error of about 1.1% of the target value.
It is accepted that this phenomenon has some minor effect
on the values of the heat transfer coefficient. The liquid
and vapor temperatures were measured with K-type ther-
mocouples located in the bulk of the solution. These
thermocouples were initially calibrated against a quartz
thermometer with an accuracy of about 0.02 K. The inac-
curacy in temperature measurements due to calibration
errors of the thermocouples may lead to a deviation of
approximately 4+0.2 K. The pressure of the system was
measured with strain-gauge sensors having a factory cali-
bration of about 0.5% of the operating range, which was
adequate for the experimental measurements.

3. Experimental results and discussion
3.1. Effect of heat flux and fluid velocity

Figs. 3a and 3b show typical measured flow boiling heat
transfer coefficients as a function of heat flux for pure ace-
tone and for a ternary mixture of acetone, isopropanol and
water, respectively, over a wide range of fluid velocity. Two
distinct regimes can be observed:

1. At low heat fluxes, heat transfer occurs by convection
and the heat transfer coefficient is almost independent
of the heat flux. The small increase of the heat transfer
coefficient with heat flux is due to superimposed natural
convection currents and due to changes in the physical
properties of the fluids, both as a result of the increased
wall superheat. Natural convection is a result of density
differences and is, therefore, most prominent at higher
heat fluxes and low velocities.
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Fig. 3b. Heat transfer coefficient as a function of heat flux for a typical
ternary mixture.

2. At moderate heat fluxes, the wall superheat leads to the
formation of bubbles at the heat transfer surface. When
boiling has been initiated, only few nucleation sites are
operating and a significant proportion of the heat will
still be transferred by forced convection. The number
of active nucleation sites increases with increasing heat
flux, improving the heat transfer coefficient because
the bubbles disturb the laminar sublayer (see Fig. 4).
Fully developed boiling is reached once the total heat
transfer surface is covered with bubbles and the forced
convection contribution is reduced to low values. For
developed boiling, the influence of heat flux is strong,
while flow velocity has little or no effect on the surface
temperature and, therefore, the heat transfer coefficient.
Nucleate boiling is now the dominant mechanism and
all experimental data converge into a single line even
though the flow velocity is varied from 0.3 to 3 m/s.

3.2. Effects of fluid composition and subcooling

Typical effects of composition on the heat transfer coef-
ficient are shown in Fig. 5 where the heat transfer coeffi-
cient for mixtures of acetone and isopropanol are
presented as a function of the composition of acetone,
which is the more volatile component, over a wide range
of heat fluxes. The highest heat transfer coefficient was
recorded for pure components at all heat fluxes. A small
addition of acetone to pure isopropanol causes the heat
transfer coefficient to decrease sharply. Further addition
causes a further reduction down to a minimum value,
beyond which the transfer coefficient gradually increases
again towards the value of the more volatile component.
Similar trends have also been observed for other binary
mixtures. Fig. 6 is a three-dimensional representation of
the measured heat transfer coefficients for the ternary sys-
tem acetone/isopropanol/water for constant values of sub-
cooling, flow velocity, pressure and heat flux. Each point in
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Fig. 4. Bubble formation for pure water at various heat fluxes (v = 0.7 m/s and ATy, = 5 °C).
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this triangular diagram represents the heat transfer coeffi-
cient of a specific ternary mixture, the outer corners of this
surface stand for the heat transfer coefficients of the three
pure components and, the outer border lines for the heat
transfer coefficients of the corresponding binary mixtures.

Almost all investigators agree that the measured reduc-
tion of the heat transfer coefficient observed for liquid mix-
tures is caused by the liquid-side mass transfer resistance.
The preferential evaporation of the more volatile compo-
nent causes the liquid at the heat transfer surface to become
depleted of the component with the higher vapor pressure,
which results in an increase in the saturation temperature
at the vapor-liquid interface. If the heat transfer coefficient
is defined with the difference between wall temperature and
bulk saturation temperature, this leads to a reduction in the
measured value.

The effect of subcooling on the heat transfer coefficient
is depicted in Fig. 7 for a typical ternary mixture. Subcool-
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Fig. 6. Ternary diagram showing the variation of heat transfer coefficient with composition.
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ing is defined as the difference between the saturation tem-
perature of the mixture and the bulk temperature, under
the given conditions. The results indicate that the heat
transfer coefficient decreases gradually as subcooling
increases. This trend is explained by the fact the nominator
in Eq. (2) can also be written as [(Tyw — Tsa)) + (Tsac — To)]
and that the second term varies more strongly with subco-
oling than the first. Indeed, the effect of subcooling on bub-
ble growth mechanisms and hence (7T, — T, ) is complex
and depends strongly on composition and heat flux. This
is discussed in more detail by Wenzel et al. [14]. For low
heat fluxes, the contribution of forced convection domi-
nates the total heat transfer and the effect of bulk temper-
ature, i.e. subcooling, becomes less important.

4. Correlation of experimental data
4.1. Chen type model

It is generally believed that the heat transfer coefficient
during flow boiling is affected by the interaction of nucleate
boiling and forced convective heat transfer mechanisms.
The first model to correlate flow boiling by combining
nucleate boiling and forced convective heat transfer coeffi-
cients was suggested by Rohsenow [15] in form of a simple
addition of the two coefficients:

Ofy = OCpb + Olfe (6)

Chen [10] refined Eq. (6) to develop a model that has long
been considered one of the best available correlations for
pure fluids under saturated and subcooled flow conditions.
The Chen model in its basic form is expressed as:

O = Olfe - F =+ atpp, - S (7)
In terms of heat flux, Eq. (7) becomes:
G =0(Tw—Tp) F 4 0pp(Tw — Teat) - S

=qre " F + gppS (8)

where g 1s the convective heat transfer coefficient that
would be found for the liquid phase flowing alone. The
parameter F is a multiplier that accounts for the apparent
increase in velocity due to the presence of the vapor and
is a function of the Martinelli parameter Xi. o, is the pool
boiling heat transfer coefficient at the local wall superheat.
The “suppression factor” S accounts for the fact that oy, is
found from pool boiling correlations which over-predicts
nucleate flow boiling. The original paper gave graphical
correlations for F and S. Coiller [16] fitted the following
equations to the graphical relationships for F and S:

1 if XLH <0.1
F = 0.736 and

235(5:4+0213) 7 for > 01

1
S = 9
14253 x 10"Rey;” ©)

where

1—5( 0.9 o 0.5 n 0.1
we(50) () () e

X P Uy

a(1 — 1)

Rey, = i X)di Fls (10)

H

Subsequently, Bennett and Chen [17] modified the origi-
nal Chen correlation for mixtures, by using experimental
data obtained for mixtures of water and glycol. Celata
et al. [18] compared their experimental data for boiling of
refrigerant mixtures with the prediction of both, the Chen
[10] and the Bennett and Chen [17] correlations. They
found that the performance of the correlation for pure flu-
ids was almost the same as that for mixtures, with an error
greater than +20%.

To calculate the enhancement and suppression factors
according to Egs. (9) and (10), the local vapor mass frac-
tion has to be known. Schroder [19] presented a calculation
procedure for the local vapor mass fraction, which is appli-
cable for subcooled and saturated boiling:

Ph
X = Ph — Ph, exp <Ph —1) (11)

where Ph is the phase change number and is defined as:
hv - hl‘sat
Ah,

where Ph,, is the value of the phase change number which is
reached once the mean fluid temperature is high enough to
permit the existence of vapor bubbles in the bulk of the li-
quid. Schroder [19] suggested to calculate Ph,, with a corre-
lation valid for laminar and turbulent flow using the
boiling number Bo and the Peclet number Pe:

Ph = (12)

Ph, = —Bo with
a53)’ 0.0065>
(,,—q) +o.
_ 4 _ cpdy
BOir'nAhv and Pe= ) (13)
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The length from the beginning of the test section to the
point where the phase change number is zero is calculated
from Egs. (14) and (15) as:

—Phydy,
AL =" (14)
where
Pho _ *Cpl(Tsat - Tb) (15)

Ahy,

From Eq. (15) the phase change number at the beginning
of the heated section can be calculated which gives the
characteristic length AL from Eq. (14). From AL the length
coordinate for the actual thermocouple position can be
calculated:

ALIZAL_.th (16)

With this length, the phase change number at the thermo-
couple location is:

_ —4BoAL,

Ph
dy

(17)
The Chen model also requires both forced convective and
nucleate boiling heat transfer coefficients.

4.2. Force convective heat transfer

In his original work, Chen [10] used the Dittus—Bolter
[20] correlation to calculate the turbulent convective heat
transfer coefficient to the liquid. Jamialahmadi and Miil-
ler-Steinhagen [21] proposed a different approach since
more reliable correlations for convective heat transfer have
become available. A superposition of laminar and turbu-
lent heat transfer coefficients is used for Reynolds numbers
below 10,000; for higher Reynolds numbers only the turbu-
lent heat transfer coefficient is considered:

3 3 3 <
o — { V@ F ok, for Re < 10,000 a8

Oturb for Re > 10,000

The laminar heat transfer coefficient for flow in annuli is
calculated by a superposition of the Nusselt numbers for
fully developed and for developing flow as recommended
in the VDI-Wirmeatlas [22]:

% H"b 0.11
Ollam = (Nu?l,l + (Nuq,z - 1)3 +Nu;3) . (H—> (19)
where

4\
Nugy = 4.364 and  Nug, = 1.302 (Re : Prfh> (20)
and
d 1

Nugs = 0.462P43 (Re fh> (21)

To calculate the turbulent heat transfer coefficient in Eq.
(19), the correlation suggested by Gnielinski [23] for the
turbulent regime in annuli is used:

d; —0.16
Numrb =0.86 <d0>

f
) RePr

1+ 12.7\/§(Pr% - 1)
(@) () &

The friction factor for turbulent flow in technically smooth

pipes is calculated according to Filonenko [24]:

f = (1.82logRe — 1.64) 7 (23)

While the contribution of natural convection is usually
small it can easily be incorporated into the correlation if
the Reynolds number is calculated following a recommen-
dation by Schliinder [25]:

Re = \/Re? +— (24)

where Rerand Gr are the forced convection Reynolds num-
ber and the Grashof number, respectively. Excellent agree-
ment between measured data and the predictions of the
Gnielinski model has been reported for electrolytic solu-
tions [21], pure hydrocarbons and for liquid mixtures
[26]. Similar equations are given in the VDI-Wérmeatlas
[22] for flow in cylindrical pipes.

4.3. Nucleate boiling heat transfer

4.3.1. Pure fluids

One of the most reliable pool boiling correlations for
pure fluids was developed by Gorenflo [27]. This model
reads:

o

—=FqFy Fyr  Fyy (25)
0

where

Fqo=1(q/q,)", n=0.9-03p} (26)

The parameter a is equal to 0.3 for organic liquids and 0.15
for water and low boiling point liquids.

Fp=12p"7 4+ 2.5p, + 1% (27)
and
RS Jpey \ V4
Fyr = | =2 and Fwy = ( P ) 28
WR (Rp0> WM 20P0Cp0 (28)

Values of the reference heat transfer coefficient a for a ref-
erence heat flux of ¢y = 20 kW/m? and the surface rough-
ness Ry are given by Gorenflo [27].

4.3.2. Liquid mixtures
The boiling heat transfer coefficient of liquid mixtures is
a function of heat flux and liquid composition. Because of
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the preferential evaporation of the more volatile compo-
nent, the liquid-side mass transfer resistance results in a
higher saturation temperature at the vapor/liquid interface
than for bulk composition. Schliinder [25] used this interfa-
cial saturation temperature to correlate the nucleate boiling
heat transfer coefficient of mixtures:

-1
o 04}
i’ = (1 + ?“(Tph - Tsm)) (29)
The ideal heat transfer coefficient o4 may be considered as
the heat transfer coefficient of a hypothetical fluid with the
same physical properties as the solution, but without any
kinetic mixing effect. For pool boiling of mixtures, it fre-
quently defined as:

1 n .
I ) (30)
id - o

J=1

where «; represents the heat transfer coefficient of the pure
components at the same heat flux as the mixture. The inter-
facial temperature T, is a function of the interfacial com-
position of liquid and vapor phases. Gropp and Schliinder
[28] by assuming that the heat transfer area is equal to the
area for mass transfer have shown that:

iph — Xi —Gboi
D =N ( e ) — exp(~&) where

Yiph — Xiph a p1B ARy

; Gboil

= 31
plﬁlAhv ( )

Eq. (31) gives the relationship between the interfacial com-
position, liquid side mass transfer coefficient and boiling
heat flux. This equation can be solved by iteration to give
the liquid concentration of each component at the inter-
face. The vapor-liquid equilibria required for this calcula-
tion can be obtained using the Antoine equations for the
vapor pressures and the Wilson equations for the activity
coefficients, i.e. Egs. (3)—(5). Different approaches to deter-
mine the liquid-side mass transfer coefficients using the Ste-
fan—Maxwell equations have been evaluated [26] but did
not provide any improvement over the use of a constant
value of 0.5 x 10~* m/s.

Heat transfer coefficients calculated from Eq. (29) are
for saturated pool boiling and based on the difference
between wall and saturation temperature. To apply these
values in Eq. (7) for subcooled flow boiling, they have to
be recalculated according to Wenzel and Miiller-Steinha-
gen [26]:

Tw B Tsa
%sub = Opb <ﬁ> (32)

The above models and equations have been compiled in a
computer code for the calculation of subcooled flow boil-
ing of single and multi-component mixtures. The flow chart
of these calculations is given in Fig. 8. The input data are
heat flux, fluid composition, temperature, fluid velocity
and pressure. To start the calculation, the program requires
the wall temperature 7, which is initially not known for

constant heat flux boundary conditions. Therefore, a trial
and error procedure is adapted. The other steps of the pro-
gram are summarized in the flow chart of the program. The
outputs of the program are the wall temperature, heat
transfer coefficient and the fraction of heat which is trans-
ferred by nucleate boiling:

NBF = Olsub * S

. (33)
This parameter may be interpreted as a measure of the
fraction of the heat transfer area affected by bubble growth
mechanisms. The predicted heat transfer coefficients have
also been included in Figs. 3a and 3b for pure fluids and
mixtures over a wide range of fluid velocity, heat flux
and composition. The results show that the agreement be-
tween measured and predicted heat transfer coefficients is
acceptable. A comparison between all measured and pre-
dicted heat transfer coefficients for the entire range of the
present investigations is given in Fig. 9. The narrow distri-
bution of the points indicates that the described Chen type
model predicts the flow boiling heat transfer coefficient rea-
sonably well. The absolute mean average error between
model and experimental data are about 15%.

4.4. Generalized asymptotic model

Many correlations for flow boiling recommended in the
literature are based on the general relationship suggested
by Kutateladze [29]:

oy = [a'gc + agbr (34)

Eq. (34) is termed asymptotic model because the value of
o, approaches the larger of the two components g and
opp. This guarantees a smooth transition as the boiling
mechanism changes with increasing heat flux from forced
convection to nucleate boiling. As discussed before, Rohse-
now [15] recommended n = 1, and the Chen model was a
modification of this additive model by introducing flow
boiling correction factor and nucleate boiling suppression
factor. Contrariwise, Kutateladze [29] suggested an expo-
nent n = 2.

Heat transfer coefficients calculated from Eq. (34) are
for saturated boiling which is based on the difference
between wall temperature and saturation temperature:

q
e TW - Tsat (35)
For subcooled flow boiling the heat transfer coefficient is
defined as

q
T T, (36)

Combination of Egs. (35) and (36) yields:

Olsub =

~1
Olsub = |: ! M} (37)

Afb q
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Input:
Heat flux, q \I,
Fluid velocity, v
:.%'ld-l:ltempe“.l-?-lre’ ')1;,, Caleulate oy, from Calculate o, :
uid composition, X; Eqgs. (18) to (24) Ty =T,
System pressure, P Otap = Cpp
v Ty -T,
Calculate qulimm eq. (8) : Caleulate o,
t(;::fbs surl'acer ) . L q- o (T, =Ty} g, = O F 4+ 0y * S
perature, Ty Dhoil S
Calculate NBF:
Calculate o from Egs. (25) S0,
(" Calculate saturated R to (28) and Eq.(30) % NBF = O_xu‘ x 10
temperature from i
L Eas3)to5) ) [\
Lalctlllalc Ton ﬁ'i’m . Print the results \
¢ Calculatc physical ™ simultaneous solution o
propertics at: Eqs. (3) and l'29) iteratively
T _:Tw + Ty
\_ av 2 [ Calculate (prlrom Eq. (27) ]
(" Calculate vapor mass h -
o Calculate new heat flux from Eq. (8):
fraction x from
\_ Egs.(11) to (13) J Qe = Oy Ty =T1,) - F o+ 0y, (Tyy =T) - 8
e v ~
Calculate Martineilli
parameter X“ from Eqs.(7) No
\ J
\
-
Calculate parameter F and
S from Eqs.(6) and (7)
) |
Fig. 8. Flowchart of the Chen type model.
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Fig. 9. Comparison of measured heat transfer coefficients with values
calculated from the Chen type model.

Fig. 10 shows the flow boiling heat transfer coefficient as
a function of heat flux for different values of the exponent
n, indicating that as the value of n increases, the prediction
of Eq. (34) improves and approaches the experimental val-
ues. The prediction of flow boiling heat transfer is only
slightly affected by increasing the value of n further than
3. The absolute mean average error of all the experimental
data are plotted against the value of n in Fig. 11. The

Heat flux, g (kW /m2)

Fig. 10. Effect of value of exponent n in the asymptotic model on the flow
boiling heat transfer coefficient.

results show that changing the value of exponent n from
1 to 2 is accompanied by a sharp reduction in the percent-
age of error. If n is increased further, the average error
decreases gradually and reaches a minimum value of about
8% for the asymptotic model with exponent 2.5. After this
point the error stabilizes and very gradually deteriorates
again. For comparison, the error of the Chen model, which
is about 15%, is also included in Fig. 11. The advantages of



2492

25

—O— Equation (34)

- Chen model

Percentage of absolute mean average error
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Power of equation (34), n

Fig. 11. The effect of superposition exponent n on the accuracy of the
asymptotic model.

the asymptotic model are its simplicity and non-iterative
nature in comparison to the Chen type model, because in
this model Eqgs. (8)—(17) are eliminated. These simplifica-
tions make the calculations of flow boiling heat transfer
coefficient very simple and fast.

4.5. Nucleate boiling fraction

Many, if not most, industrial boilers suffer from the for-
mation of process-related deposits, i.e. fouling, on the heat
transfer surfaces. The rapid evaporation at the base of bub-
bles leads to local supersaturation conditions, and hence
the precipitation of dissolved materials on the area of the
heat transfer surface affected by bubble formation. Hence,
the relative contribution of nucleate boiling heat transfer to
the total heat transfer (i.e. the nucleate boiling fraction
NBF) is of crucial importance for the prediction of fouling
rates and the resulting design of heat exchangers. Predic-
tion methods for the contributions of the different boiling
mechanisms toward the total amount of heat transferred
can be found in Piening [30] and Najibi et al. [31].

Figs. 12a and 12b show the heat transfer coefficients for
forced convection oy, nucleate boiling oy, flow boiling oy,
and the nucleate boiling fraction NBF as a function of heat
flux for distilled water, as predicted from the Chen type and
asymptotic model, respectively. Similar trends are also
obtained for pure acetone, pure isopropanol as well as
for the ternary mixtures.

Fig. 12a shows a significant weakness of the Chen type
model which puts its physical correctness into question.
For pure water this model predicts that there are no active
nucleation sites on the heat transfer surface for heat fluxes
below 100 kW/mz, and that forced convective heat transfer
is the dominant mechanism over the entire surface. Con-
trariwise, visual observations for these conditions show a
significant number of active nucleation sites on the heat
transfer surface, see Fig. 4. As illustrated in Fig. 12a, the
Chen model never reaches the fully developed boiling

Heat transfer coefficient, o (kW/m2K)
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Fig. 12a. Contribution of forced convective and nucleate boiling heat
transfer coefficients according to the Chen model.
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Fig. 12b. Contributions of forced convective and nucleate boiling heat
transfer coefficients according to the asymptotic model.

regime. As the heat flux is increased from 0 to 300 kW/
m°, the contribution of nucleate boiling increases gradually
up to about 65%, while the contribution of forced convec-
tion almost remains constant. Further increase of the heat
flux causes the contribution of forced convective to rise and
nucleate boiling to decline. The experimental results show,
however, that at these heat fluxes the entire heat transfer
surface is densely covered with vapor bubbles and that
the influence of flow velocity becomes insignificant, i.e.
nucleate boiling is the dominant heat transfer mechanism
(see Figs. 3a and 3b). In some cases, such as for pure water,
strict application of the Chen model even leads to negative
values for nucleate boiling. This discrepancy must be asso-
ciated with the calculation of the values of the parameters S
and F.

Contrary to this, the asymptotic model shows that for
heat fluxes below 70 kW/m? the nucleate boiling heat
transfer is negligible compared to forced convective heat
transfer. At moderate heat fluxes (70-200 kW/m?) both
mechanisms are important and at high heat fluxes, nucleate
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boiling heat transfer is the dominate mechanism. The
nucleate boiling fraction levels-off at values above 90%,
which seems to be a reasonable value considering the
appearance of the heat transfer surface under these
conditions.

Hence, the advantage of the asymptotic model in com-
parison to the Chen type model is not only its simplicity
and the more accurate prediction of flow boiling heat trans-
fer coefficients, but most likely also the physically sounder
prediction of the nucleate boiling fraction NBF. Based on
these findings, the fouling model suggested by Najibi
et al. [31] will now be re-evaluated against previous and
more recent experimental data, to improve its accuracy of
prediction.

5. Conclusions

Subcooled flow boiling heat transfer coefficients for
pure, binary and ternary mixtures of acetone, isopropanol
and distilled water have been measured over a wide range
of flow velocity, composition, subcooling and heat flux.
Two models, namely a Chen type model and an asymptotic
model, are presented to predict flow boiling heat transfer
coefficient and nucleate boiling fraction NBF for single
component liquids and mixtures. Both models are applica-
ble for saturated and subcooled conditions covering the
regimes of convective, transition and fully developed flow
boiling heat transfer. Comparison with a large number of
experimental data shows that the Chen type model predicts
the heat transfer coefficients satisfactory but fails with
respect to the prediction of nucleate boiling fraction
NBF. On the other hand, the asymptotic model predicts
the heat transfer coefficients and the nucleate boiling frac-
tion with good accuracy.
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